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ABSTRACT

AN EXPERIMENTAL AND THEORETICAL INVESTIGATIONOF
MULTICOMPONENT POOL BOILING ON SMOOTH AND FINNED SURFACES

By

Stephen Matthew Bajorek

A comprehensive experimental and theoretical study of the effect of
mixture composition on nucleate pool boiling heat transfer coefficients
in multicomponent mixtures has been performed. Measurements of
saturated and subcooled pool boiling heat transfer coefficients were
made in mixtures with up to four components on conventional smooth and
finned tubes.

The effect of a component on the degradation in multicomponent pool
boiling heat transfer coefficients due to the mass transfer process was
found to depend on the difference between the vapor and 1liquid
equilibrium compositions for that component. In general for a
multicomponent mixture, the degradation in heat transfer coefficients
increase with the sum of the differences between the vapor and liquid
equilibrium compositions for the light components in the mixture.

The multicomponent mixture boiling correlations of Palen and Small,
Stephan and Preusser, Schlunder, and Thome and Shakir were evaluated by
comparing their predictions of pool boiling heat transfer coefficients
to the experimental values. Predictions of multicomponent pool boiling
heat transfer coefficients for these correlations were significantly

improved by using the Stephan- Abdelsalam correlation for pure



hydrocarbons with mixture properties rather than the linear mixing law
to calculate the 1ideal heat transfer coefficient. The Schlunder and
Thome-Shakir correlations were found to estimate the experimental
nucleate pool boiling heat transfer coefficients with average errors no
greater than 30% for each mixture system.

A new correlation for boiling in multicomponent mixtures that
includes cross-term diffusion coefficients was derived based on the film
theory. A new expression relating the heat and mass transfer at a
bubble interface was also derived and is wused as part of the new
correlation. The new correlation is general and does not require any
empirical constants. The new correlation was found to predict the
experimental boiling heat transfer coefficients in dilute aqueous
ternary mixtures with an average error of less than 12% for those
mixtures tested.

The new correlation was also used to determine that the effect of
cross-term diffusion coefficients 1is to decrease multicomponent pool
boiling heat transfer coefficients. The effect of the cross-term

diffusion coefficients was not found to be significant.
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A, empirical constant in Eq. 2-30
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k liquid thermal conductivity, W/m-K
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CHAPTER 1

INTRODUCTION

Boiling is a fundamental physical phenomenon that is important in
a wide variety industrial processes and has been the subject of a great
deal of research over the past several decades. Much of this research
was performed in response to needs of the nuclear power industry in the
area of 1light water reactor operation and safety. A need for more
efficient heat exchangers generated interest in boiling and condensation
of water and typical refrigerants. Boiling in binary and multicomponent
mixtures is an important concern to several industries and has also been
the subject of many investigations. An understanding of mixture boiling
is necessary 1in the design of heat exchange equipment used in
petrochemical processing and air separation. Mixture boiling also has
applications in the 1liquid natural gas 1industry and in the
pharmaceutical industry. A Kalina cycle, which replaces pure water in
the Rankine cycle with an ammonia-water mixture, has been proposed as a
means of substantially increasing the thermodynamic cycle efficiency.
Mixture boiling is controlled by transport phenomena that are
significantly different from those that govern boiling in pure
components. Thermodynamic vapor-liquid phase equilibrium dictates that
the vapor composition within a bubble differs from the 1liquid

composition in the surrounding liquid. A species gradient forms around



a growing bubble, and as a result the boiling process is controlled by
the mass transfer process. Since the mass diffusivity is usually much
smaller than the thermal diffusivity, bubble growth in a mixture is
significantly slower than in a pure fluid. The nucleate boiling heat
transfer coefficient, which is dependent on how bubbles grow and depart
from the heated surface, is often dramatically reduced from what would
be expected from a pure component with physical properties of the
mixture.

A typical pool boiling curve for a water is shown in Figure 1.1.
Natural convection heat transfer is represented by the curve between
points A and B. The wall superheat between points B and B’ is referred
to as the incipient superheat ATy, ., and represents the minimum
temperature difference between the heating surface and the bulk fluid
that 1is required to initiate boiling. Point B’ is termed the Onset of
Nucleate Boiling (ONB) since it is the lower bound of the nucleate
boiling regime. The temperature difference between points B and B’ is
due to the increase in heat transfer that occurs from the agitation of
departing bubbles at ONB. For a highly polished surface and a liquid
that readily wets the surface, this temperature overshoot can be nearly
100 K. Typical heating surfaces show temperature overshoots of only
several degrees K, or none at all. The nucleate boiling regime lies
between points B’ and C and is terminated at the critical heat flux
(CHF), shown by point D. At the CHF, the interaction of the vapor and
liquid streams prevent 1liquid from reaching the surface. For a heat
flux controlled system, the heat transfer regime will abruptly switch
from nucleate boiling to film boiling at the CHF. The surface
temperature can rise several hundred degrees K from D to D’, and failure
of the heater is often the unfortunate result. The phenomenon places a

practical 1limit on boiling systems, and knowledge of the point of the



CHF is an important safety concern and design constraint. Transition
boiling is characterized by partial wetting of the heated surface and
lies between points D and E on Figure 1.1. In transition boiling, an
unstable vapor blanket covers the heating surface and vapor is
intermittently released. The film boiling is represented by the curve
to the right of point E, and is the regime that occurs when the heated
surface is blanketed by vapor and heat is transferred to the liquid by
conduction and radiation across the vapor film.

The main objectives of this investigation are to determine the
effect of composition on and how to predict nucleate boiling heat
transfer coefficients for binary and multicomponent mixtures. Several
experimental and theoretical studies have been previously performed on
this subject. However, nearly all have focused on binary mixtures.
Only two non-proprietary studies have been reported for mixture systems
with more than two components. Thus, a goal of this study is to extend
the present understanding of mixture boiling to mixtures with more than
two components and to determine the appropriate means to estimate the
nucleate boiling heat transfer coefficient in an n component
mixture.

The secondary objectives of this investigation are to consider the
effects of finned surfaces and subcooling on multicomponent nucleate
pool boiling heat transfer coefficients. There are no reported studies
on mixture boiling from a finned surface, and only two that have
considered mixture boiling with subcooling. Studies such as these would
provide important information on boiling in mixtures. In subcooled
boiling, the net contribution due to latent heat approaches zero as the
subcooling increases, and the enhancement of the boiling heat transfer
. coefficient above that from convection is due to the agitation caused by

the growth and collapse of bubbles at the heated surface. A finned



surface is considered because it 1is a common means of enhancing heat
transfer, but no information 1is available on how it affects mixture
boiling.

The following chapter reviews the fundamentals and previous studies
of mixture boiling. Chapter 3 déscribes the experimental apparatus and
procedures used to develop a database for multicomponent mixtures.
Chapter 4 discusses the methods used to estimate mixture physical
properties. Predictions of the experimental results described 1in
Chapter 5 are documented in Chapter 6 using the existing correlations
that are applicable to multicomponent nucleate pool boiling. A new,
entirely mechanistic correlation for multicomponent mixture boiling is

derived and examined in Chapter 7.
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Figure 1.1 Typical pool boiling curve. From Collier (1972).



CHAPTER 2

LITERATURE SURVEY

The purpose of this section is to describe the physical processes
that are important in pool boiling, and to review previous studies that
are relevant to the present investigation. The emphasis in this section
is on the physical mechanisms of nucleate boiling and on the predictive
methods that have been proposed to estimate nucleate pool boiling heat
transfer coefficients in binary and multicomponent mixtures. A complete
review of boiling in pure components and mixtures, including boiling
nucleation, convective boiling, and post-CHF heat transfer has been
performed by Van Stralen and Cole (1978), and a comprehensive review of

mixture boiling has been published by Thome and Schock (1984).

2.1 Mechanism of Bubble Growth in Pure and Multicomponent Liquids

Nucleate boiling is an efficient mode of heat transfer that is
characterized by a large surface heat flux that can be maintained by a
relatively small wall superheat. Because of this feature, many
practical devices are designed to operate in this heat transfer regime.
The augmentation in heat transfer that occurs during nucleate boiling in
comparison to convection 1is due to the phase change process and to the

hydrodynamic mixing near the wall that is induced by a growing bubble.



Consequently, a fundamental understanding of bubble growth dynamics and
transport phenomena near a vapor-liquid interface 1is necessary to

understand the nucleate boiling process.

Inception of Boiling The nucleate boiling process is initiated when

bubbles begin to form on the heated surface. Numerous studies such as
those by Clark et al. (1959) and Cornwell (1977) have demonstrated that
nucleation occurs at microscopic imperfections that are found on an
otherwise smooth surface. The cavities are on the order of .1-10 um
in diameter and act as nucleation sites for boiling due to their ability
to trap vapor. As the cavity is heated, the preexisting vapor grows
into a bubble and detaches. Upon bubble departure, some vapor remains
trapped within the cavity and acts as an embryo for the next bubble.
The criteria for vapor trapping and activation of the vapor embryo are
useful to determine wall superheat needed to initiate boiling.

The expression for the equilibrium superheat between a vapor
bubble and its surroundings is derived by considering a force balance on
the bubble. Mechanical equilibrium requires that the pressure
difference between the vapor and the liquid be balanced by the surface
tension acting on the bubble perimeter:

(By- Py)nr? = 2aro (2-1)
Since the vapor pressure is greater than the pressure in the liquid at a
given temperature, the liquid must be uniformly superheated in order for
thermal equilibrium to exist. To determine the equilibrium superheat,
the Clausius-Clapeyron equation,

dp ah,,

— - ——— (2-2)
dTga¢ Tsat(vv'vl)

is integrated from (Pl'Tsat) and (Tl,PQ), and the Kelvin equation,

P,/P, = exp(20v,/rRT_ ) (2-3)



is used to relate the vapor pressure inside a curved interface to that
at a planar interface. The resulting expression for equilibrium

superheat is

20

8Tsat = T(ap/aT)

(2-4)
sat

Bubble growth begins when the equilibrium superheat is exceeded.
The equilibrium superheat for a bubble with radius of curvature r in a

single component liquid is approximated by:

20'1‘5at
sat ~ p Ah T

At a heated surface, the superheat requirement depends on the

AT (2-5)

effective radius of curvature of the vapor. Griffith and Wallis (1960)
considered the growth of a vapor nucleus from its initial volume as it
emerged from a conical cavity. They noted that as a bubble first
begins to emerge from a cavity with mouth radius R, the superheat

required is given by a modification of Equation 2-5:

20T
sat
ATg,e = — o m (2-6)

P AR R

In Figure 2.1, this condition occurs when r/R > 1. While the vapor is
still within the cavity (r/R < 1) the 1initial radius of curvature
determines the equilibrium superheat requirement. This again depends on
the vapor trapping mechanism.

The vapor trapping mechanism was investigated by Bankoff (1958),
who considered the spread of liquid over a surface with a conical cavity
with cavity half angle 4. Bankoff showed that for a liquid, with
contact angle vy, an advancing 1liquid front will strike the opposite
side of a cavity before reaching the bottom of the cavity if the contact
angle 1is greater than 24. Thus, the condition for vapor trapping by

an advancing liquid front is:



v > 24 (2-7)
If 4 < 28, 1liquid completely wets the cavity and no vapor is
trapped. Figure 2.2 depicts the vapor trapping process for an advancing
liquid front.

Lorenz, Mikic, and Rohsenow (1974) considered vapor trapping for
different geometric cavity shapes and liquid contact angles. The volume
of trapped vapor forms an embryo with an effective radius of curvature,
Toff- The effective radius was determined to be a function of the
contact angle and the included angle of the cavity mouth. The
equilibrium superheat when r < R is again given by a modified form of

Equation 2-2:

20T .
sat = p Ah RE(v,20)

where f(v,20) = r/R and is determined from Figure 2.3.

AT

(2-8)

Boiling incipience occurs if the vapor embryo, once it grows to
the mouth of the cavity, continues to develop into a bubble and detaches
or collapses, as 1in the case of subcooled boiling. It is important to
note that Equation 2.2 1is strictly valid only in a fluid with uniform
superheat. Thus, as a bubble emerges from a cavity into a region in
which there are temperature gradients, a more sophisticated model is
needed to determine the minimum superheat required to sustain nucleate
boiling. This was clearly shown by the experimental results of Griffith
and Wallis (1960).

Hsu (1962) proposed a model for boiling incipience in a
temperature gradient for pure fluids by assuming one-dimensional heat
conduction into the 1liquid layer adjacent to a nucleation site. The
nucleation model of Hsu assumes that the detachment of a bubble
completely removes the wall thermal boundary layer. During the bubble

waiting period, a new thermal boundary layer forms from transient
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Figure 2.1 Effect of bubble radius of curvature on nucleation superheat.
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Figure 2.2 Vapor trapping mechanism for an advancing liquid front.
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Figure 2.3 Dimensionless radius of curvature as a function of contact
angle and cavity angle. From Lorentz et al. (1974).

Figure 2.4 Nucleation model of Hsu (1962).



conduction until the temperature at a distance nr, from the wall is
equal to that required for bubble growth. If there is an active cavity,
bubble growth will occur. Figure 2.4 diagrams Hsu’'s criterion for
bubble growth. Hsu assumed the location of the isotherm with
equilibrium superheat is at a distance 2r,. Howell and Siegel (1967)
however, contradicted Hsu and concluded that only a favorable energy
balance 1is required for bubble growth. They note that it is not
necessary that for the thermal boundary layer surrounding the bubble to
be at a higher temperature than the vapor nucleus at all distances.
Boiling incipience in binary and multicomponent mixtures has been
the subject of only a few investigations. Stephan and Korner (1969)
approached the problem of boiling nucleation in mixtures by considering
the reversible work that is required in bubble formation. The work of
formation of a vapor nucleus is given by the Gibbs potential AG.

For a pure component, the Gibbs potential is given by:

16na3vv2
AG = 7 2 (2-9)
3T g qe {80/ Tgae )
and for a binary mixture by:
16na3vv2
AG = (2-10)

38T2_ (8h /T, + [(y-x)(3%G/ax?) (ax/AT ) ])?

Stephan and Preusser (1978) showed that the additional term in Equation
2-10 compared to 2-9 is always negative. Therefore, the work of bubble
formation in a mixture 1is greater than that of a pure fluid with the

same properties as the mixture.

Shock (1977) examined the effects of o, (dP/dT) and

sat’

contact angle vy on equilibrium superheats in ethanol-water and
ethanol-benzene mixtures at 1.01 bar. Figure 2.5 shows the variation in

surface tension and (dP/dT) with composition for ethanol-water

sat

mixtures. The trends in both ¢ and (dP/dT) indicate that a

sat
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Figure 2.5 Phase equilibrium, surface tension o, and slope of the

bubble point curve (dP/dT)s, for ethanol-water mixtures
by Shock (1977).
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Figure 2.6 Contact angle data for ethanol-water mixtures by Eddington
and Kenning (1979).
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decrease in the incipient superheat should occur. The experimental
measurements by Shock of the wall superheat at the onset of nucleate
boiling in a vertical tube showed however, a significant increase in the
incipient superheat for mixtures, which was attributed to the large
decrease 1in contact angle that occurs. Figure 2.6 shows measurements by
Eddington and Kenning (1979) of contact angles in ethanol-water
mixtures. Low contact angle fluids trap less vapor in the cavities, and
decrease the initial radius of curvature. Thus, the contact angle
effect tends to 1increase the 1incipient superheat in mixtures in
comparison to pure components.

Shakir and Thome (1986) have recently completed a study of boiling
incipience 1in binary mixtures on both plain and enhanced surfaces.
Contact angles were measured for methanol-water, ethanol-water, and
l-propanol-water binary mixtures, and were found to sharply decrease at
dilute alcohol concentrations. Incipient superheats for mixtures were
measured and found to be larger than the superheat that would be
expected for a single component fluid with properties of the mixture.
Shakir and Thome concluded that the classical nucleation criteria were

inadequate to predict the incipient superheats in mixtures.

Bubble Growth {n a Homogeneous Liquid Bubble growth begins when
the equilibrium superheat 1is exceeded. For a free spherical bubble

growing in a uniformly superheated liquid, three modes of bubble growth
can be distinguished. The initial mode 1is the relatively short
hydrodynamic mode, during which liquid inertia dominates and the bubble
expands with a constant radial velocity. The final phase is the
asymptotic mode, when bubble growth is controlled by diffusion processes
and the rate of bubble growth gradually decreases. The asymptotic mode

has the longest duration of the three modes, and it is during this



growth phase that departure occurs. A transient mode occurs between the
hydrodynamic and asymptotic modes. During the transition mode, bubble
growth 1is governed by a combination of 1liquid inertia and thermal
diffusion.

Asymptotic bubble growth in a pure component depends on the
diffusion of heat to the bubble interface to provide the latent heat of
vaporization. In a mixture, the equilibrium vapor composition differs
from the 1liquid composition, and the bubble growth rate also depends on
diffusion of the more volatile components to the bubble interface.
Since 1liquid mass diffusivity is normally an order of magnitude lower
than the 1liquid thermal diffusivity in mixtures, the bubble growth rate
is retarded by the mass transfer process.

Van Wijk et al. (1956) were the first to explain the mass transfer
process that occurs during bubble growth in a binary mixture. For the
non-azeotropic mixture shown in Figure 2.7, the composition of the more
volatile component in the vapor y, is greater than in the liquid, x. As
the bubble grows, the 1liquid layer immediately adjacent to the bubble
interface becomes depleted of the more volatile component, and a
composition gradient is formed around the bubble. The liquid mole
fraction at the interface decreases from X, to Xy, which increases

the 1local ©bubble point from T to Tg,. y as shown in

sat,b
Figure 2.7. The rise in the local bubble point decreases the effective
superheat that 1is available for evaporation by the amount A8 =
(Tsat,b'Tsat,i)‘ The reduction in available superheat causes a
decrease in the growth rate in a mixture in comparison to a single
component fluid with the same properties of the mixture.

Scriven (1959) developed an analytical model for asymptotic bubble

growth in a binary mixture. Scriven considered the one-dimensional heat

and mass transfer to a spherical bubble growing in an initially
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Figure 2.8 Bubble growth model in homogeneous superheated binary
mixture by Van Stralen.
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uniformly superheated liquid. The equations governing bubble growth
were solved numerically, and a simplified expression for superheats of

practical importance was determined to be:

£(E) = T, [1 - (y-%)(dT/dx) (x/2)*(c /8h,) 17 (2-11)

where (dT/dx) is the slope of the bubble point curve, and rp’. is the

b4

Plesset and Zwick (1954) solution for bubble growth in a pure fluid:

L L _(2/m"aT(ee)™
pre = (o /p1) (B0, /c))

(2-12)

The terms (y-x) and (dT/dx) are always of opposite sign. Thus, the
Scriven model shows that the bubble growth rate in a binary mixture is
always slower than in a pure fluid with the same properties as the
mixture.

Van Stralen (1966a,1966b) also derived a theoretical model for
asymptotic bubble growth in a binary mixture. Van Stralen approached
the problem by considering the mass balance for the most volatile
component in the mixture. The hydrodynamic mode of bubble growth was
ignored since it 1is short, and the concentration and thermal gradients
were assumed to exist at the start of bubble growth. Figure 2.8 shows
the diffusion shell and gradients about a spherical bubble growing in a
superheated binary 1liquid. Van Stralen obtained an expression for
bubble growth wusing this approach that was 1identical to Scriven’s

result, given by Equation 2-11.

w eated face Bubble growth from a cavity on a
solid heated surface is significantly more complicated than growth in a
homogeneous uniformly superheated 1liquid. At a heated surface a non-

uniform temperature field and wall shear form two layers that have






important effects on bubble growth; the relaxation microlayer, and the
evaporation microlayer.

Unlike bubble growth in an initially isothermal liquid, a bubble
growing on a heated surface enters the thermal boundary layer, in which
there can be a steep temperature gradient. Depending on the size of
the bubble and the thickness of the thermal boundary layer, only a
portion of the interface may be in a region of the boundary layer that
is superheated. Van Stralen (1970) termed this region the relaxation
microlayer. Since evaporation will occur only in regions with
sufficient superheat, the temperature gradient near a heated surface
clearly has a strong influence on the bubble growth rate.

The evaporation microlayer refers to the very thin layer of
superheated 1liquid that becomes trapped between the bubble and the
heated surface during rapid bubble growth. A 0.5-2.0 pm film is
left under a growing bubble due to the viscous stress in the liquid at
the wall. The liquid in the evaporation microlayer has the highest
liquid surface temperature to which the bubble is exposed, since it is
immediately adjacent to the heated wall. A large percentage of the
total mass evaporated into the bubble is thought to originate from this
layer. Moore and Mesler (1961) were the first to deduce the existence
of the evaporation microlayer from their observations of rapid
temperature fluctuations in a surface on which bubbles were being
generated. They explained that the temperature fluctuations were due to
rapid variations in the surface heat flux due to a thin liquid film at
the base of each bubble. Sharp (1964) provided the first direct
evidence of the evaporation microlayer by using interferometry to
visualize the formation, evaporation and dryout of a thin liquid film

under a growing vapor bubble.
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Figure 2.9 Bubble growth at a heated surface by Van Stralen.
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Several models have been proposed that include the effects of the
relaxation microlayer and the evaporation microlayer on bubble growth.
Van Stralen (1970) extended his model for bubble growth in an initially
uniformly superheated 1liquid to a bubble growing on a heated surface.
Van Stralen assumed that all evaporation takes place at the bubble
interface along the relaxation microlayer. The parameter b was
introduced to represent the ratio of the thickness of the relaxation
microlayer to the height of the bubble as shown in Figure 2.9. Van
Stralen arrived at the following expression for bubble radius growing on

a heated surface in a binary mixture:

[12&]* P1 { AT exp(t/tg)k } "
T® = T P e, (T oo@a e/meymy) &

Note that the parameter b 1is assumed in this model to be independent

of time, which is not true. Initially, the bubble is completely covered
by the relaxation layer and then begins to expand. In the Van Stralen
model, the bubble height 1is assumed to be always larger than the
relaxation layer. In addition, the parameter b is a function of
composition and 1is generally not known, which makes the model difficult
to apply. Van Stralen (1975) also formulated a bubble growth model for
binary mixtures on a heated surface that includes the evaporation
microlayer. This model also 1includes the parameter b and is
difficult to use.

Van Ouwerkerk (1972) developed a theoretical model for bubble
growth in a binary mixture near a heated wall. The bubble was assumed
to have a hemispherical shape, with an evaporation microlayer beneath
it. Evaporation was permitted over the hemispherical interface and from
the microlayer. Assuming one-dimensional heat and mass transfer at all

locations around the bubble, Van Ouwerkerk obtained a solution that was
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identical to Scriven's model, Equation 2-11, except for a constant.
All of the bubble growth models for mixtures that have been

discussed in this section have been found to include the term:
Sn = [1 - (y-%)(dT/dx) (/2) *(cp/Bh,)] 7 (2-15)

This dimensionless parameter represents the effects of heat and mass
diffusion on bubble growth rate. Since (y-x) and (dT/dx) always have
opposite signs, Sn =< 1. Thus, the bubble growth rate in mixtures is
predicted to be less than the growth rate in an equivalent pure fluid.
This theoretical conclusion has been confirmed experimentally for bubble
growth on heated surfaces as well as for remotely growing bubbles by
Florscheutz and Khan (1970), Benjamin and Westwater (1963), and Thome
and Davey (1981). Agreement with the theoretical models however, has
been only qualitative. For example, Thome and Davey observed the
exponent in r = at™ to vary with a function of composition rather than

being a fixed value of .

Bubble Departure Diameters The bubble growth period is terminated by
departure of the bubble from the heated surface. The condition for
departure depends on the dynamic forces that act on the bubble. At the
moment of departure, buoyancy is balanced by surface tension, liquid
inertia, drag and excess pressure forces. In aqueous mixtures, the
surface tension sharply decreases with the addition of an organic
fluid. This reduces the surface tension force which causes a bubble to
adhere to the surface. The bubble growth rates in mixtures are reduced
as compared to an equivalent pure fluid, and thus, the liquid inertia
and drag forces which act to prevent departure are also reduced. Since
there is 1less resistance to departure in mixtures, smaller departure

diameters result. This mixture effect was first observed by Van Wijk et
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al. (1956) and later confirmed in comprehensive experimental
investigations by Tolubinskiy and Ostrovskiy (1966,1970). Tolubinskiy
and Ostrovskiy studied ethanol-water, methanol-water, ethanol-butanol,
ethanol-benzene, and water-glycerine mixtures and found that the minimum
in departure diameter occurred at the maximum in |y-x|, except for the
water-glycerine system. Isshiki and Nikai (1973) also measured
departure diameters in ethanol-water mixtures, but found a minimum
departure diameter at 0.02 mole fraction ethanol and a maximum at 0.5.
Thome (1978) measured departure diameters in nitrogen- argon mixtures,
as shown in Figure 2.10. The minimum in departure diameter was found to
be very close to the composition at which |y-x| is maximum.

Thome and Davey (1980) considered the dynamic forces acting on a
growing bubble in order to obtain a physical explanation for the minimum
in departure diameter in mixtures. Slower bubble growth rates in
mixtures were attributed to cause a reduction in liquid inertia and drag
forces. The lower resistance to bubble departure resulted in smaller
departure diameters.

Thome (1981) rederived the Keshock and Siegel (1964) bubble
departure equation to include the effect of a volatile component on
bubble growth. For inertia controlled growth, the expression obtained
was:

59— Sn*/3 (2-16)
id

Since Sn < 1 for mixtures, where Sn is defined by Eq. 2-15, Eq. 2-16

predicts a minimum in departure diameter when Sn is at a minimum, which

is near the composition at which |y-x| is maximum. For surface tension

controlled departure, Thome showed that:

d o siny 2
i - S —sin (2-17)
id 7148144
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Figure 2.10 Bubble departure diameters in nitrogen-argon mixtures
at 1.13 bar by Thome (1978).
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Figure 2.11 Comparison of bubble departure diameter equations 2-16
and 2-17 by Thome (1981) to experimental data of
(e) Tolubinskiy and Ostrovskiy (1966,1970) and
(x) Isshiki and Nikai (1973) for ethanol-water mixtures.
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Figure 2.11 shows predictions of departure diameters for ethanol-water
mixtures using Eqs. 2-16 and 2-17 compared to experimental data. The
expressions for surface tension and inertia controlled departure bound
the all of the Tolubinskiy and Ostrovskiy data, but not all of the
Isshiki and Nikai data.

enc The bubble departure frequency is defined
as:

£ = (tgt £ (2-16)
where tg is the bubble growth period from nucleation to departure, and
t, is the time 1lag that occurs between departure and when the cavity
is reactivated. The bubble growth period depends on the growth rate,
and the departure diameter. In mixtures, the growth rate is slower than
in the pure components, but this can be compensated for by smaller
departure diameters. The bubble waiting time depends on the rate at
which the thermal boundary 1layer reestablishes itself, and to attain

sufficient superheat to activate the vapor nucleus in the cavity.
Experimental investigations have shown that the departure
frequency for mixtures is generally higher than for a linear combination
of the pure components. In an experimental study of ethanol-water and
ethanol- butanol mixtures, Tolubinskiy and Ostrovskiy (1966) measured
departure frequencies and found the maximum for ethanol-water mixtures
at a 0.3 mole fraction ethanol composition. Ethanol-butanol mixtures
did not exhibit a maximum. Thome and Davey (1980) reported departure
frequencies for nitrogen -argon mixtures and found that the departure
frequencies increased for mixtures relative to the pure components.
Figure 2.12 shows departure frequency data for nitrogen-argon mixtures.
There is a large amount of scatter in the data, but the general trend is

a maximum at an intermediate composition.
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Figure 2.12 Bubble departure frequency in nitrogen-argon mixtures.
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The increase in bubble departure frequencies in mixtures is the
result of two effects. As discussed previously, the bubble departure

diameters are smaller for mixtures, thus the bubbles do not grow as

large. The bubble growth time tg was shown by Thome (1981) for
inertia controlled growth to be:
- 2/5 "
tg tguSn (2-18)

Since for mixtures Sn < 1, the growth time is predicted to decrease,

which increases the bubble departure frequency.

2.2 Predictive Methods for Mixture Boiling Heat Transfer Coefficients

There are several physical processes that contribute to the
transport of heat from a surface during nucleate boiling. As a bubble
grows, hot 1liquid in the thermal boundary layer is pushed into the bulk
liquid and cooler liquid is drawn towards the surface. When the bubble
departs, a volume of cool 1liquid is brought into contact with the
heating surface. Forster and Grief (1959) proposed this bubble pumping
mechanism to help account for the large increase in the heat transfer
coefficient that occurs in nucleate boiling. Interferometric studies
by Matekunas and Winter (1971) have also shown an addition vapor-liquid
exchange mechanism to be the mixing of the thermal layer liquid drawn
into the wake of the departing bubble. The evaporation microlayer,
which was discussed earlier, has been shown by Judd and Hwang (1976) to
represent a significant proportion of the total heat transfer in
saturated and subcooled pool boiling. Clearly, the heat transfer that
occurs during nucleate boiling is highly dependent on the criteria for
bubble growth and departure.

Nucleate boiling heat transfer coefficients in mixtures are

reduced in comparison to those expected in an equivalent pure fluid.
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Theoretical and experimental studies have shown a reduction in bubble
growth rates, departure diameters, and boiling site densities for
mixtures relative to pure components. In terms of the mechanisms of
heat transport in nucleate boiling, reduced bubble growth and smaller
departure diameters decrease the effectiveness of the bubble pumping
vapor-liquid exchange mechanisms. This results in a decrease in the

nucleate boiling heat transfer coefficient in mixtures.

ransfe o cie Van Wijk et al. (1956) were
the first to provide a physical explanation for the reduction in mixture
boiling heat transfer coefficients. The preferential evaporation of the
more volatile component causes a rise in the local boiling point, and a
decrease in the effective wall superheat as shown in Figure 2.7.
Sterling and Tichacek (1961) claimed three reasons for the reduction in
mixture boiling heat transfer coefficients: (1) mixture thermophysical
properties, (2) bubble growth rates, as Van Wijk et al. explain, and (3)
nucleation site deactivation. Sterling and Tichacek suggest that
nucleation sites may eventually become clogged with the accumulation of
the heavier component. Thome and Shock (1984) note however, that this
mechanism is not likely to occur since the mass diffusion layer is very
thin and is probably stripped away with the departing bubble.
Thome (1982) sought a physical explanation of the degradation in
mixture boiling heat transfer coefficients by considering the mechanisms
that remove energy from a heated surface. Latent heat transported from

the surface by a departing bubble can be estimated by:

a4y = p b VE (2-19)

As a bubble departs from a heated surface, part of the wall thermal

boundary 1layer 1is carried away with the bubble. This removal of
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boundary 1layer fluid is often referred to as the thermal boundary layer
stripping mechanism. Assuming the area of influence of a departing
bubble to be twice its diameter, the heat transport due to the thermal

boundary layer stripping mechanism is:

qg = /% (pyc_r, £)a2AT (2-20)

P

Thome evaluated equations 2-19 and 2-20 using experimental bubble
departure diameters and frequencies for nitrogen-argon mixtures. Both
heat transfer mechanisms exhibited a minimum for an individual boiling
site that nearly coincided with the minimum in nucleate boiling heat
transfer coefficient. Figure 2.13 shows estimates of qp and
qg and heat transfer coefficients for nitrogen- argon mixtures.

The total heat transfer from a surface can be expressed as:
q" = NQ (2-21)

where Q 1is the rate of heat transfer at an individual boiling site, and
N 1is the boiling site density. The boiling site density in mixtures has
been the subject of only a few investigations. Boiling site density is
difficult to measure, because departing bubbles tend to obscure the
heated surface. Van Stralen and Cole (1978) reported boiling site
densities on a thin horizontal wire for several aqueous mixture systems
and found that the boiling site densities for mixtures were less than
that in either of the pure components.

Thome and Shock (1984) conclude in their review of mixture boiling,
that the degradation in mixture boiling heat transfer coefficient is the
combined result of bubble nucleation and site density, bubble growth

rate and departure, and non-linear variation of physical properties.
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Figure 2.13 (a) Heat transfer rates for an individual bubble iite in
nitrogen-argon mixtures at 1.3 bar an q"=2.1 kW/m”“.
(b) Heat transfer coefficients in nitrogen-argon mixtures
at 1.0 bar from Thome (1982).
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Predictive Methods Many correlations for nucleate boiling heat

transfer coefficients in mixtures have the general form:

ax - aidW(xi,yi,T,P,q“,b,...) (2-22)
where 0(xi,yi.T,P.q",D,...) is a function of thermodynamic variables,
heat flux, physical and transport properties. It accounts for the
mixture effect on the boiling heat transfer coefficient. The term
ajq 1s known as the ideal heat heat transfer coefficient and
represents the heat transfer coefficient for a single component fluid
with the same physical physical properties as the mixture. The ideal
heat transfer coefficient is defined in two ways. The most common
definition assumes a linear mixing law, with a;4 given by:

i=n

D S E: Xq (2-23)
%id =B

where a; represents the heat transfer coefficient of the pure
component at the same heat flux as the mixture. An azeotrope behaves
like a single component fluid. Thus, for azeotropic mixtures, Equation
2-23 should be modified as suggested by Thome and Shock (1984). To the
left of the azeotrope, the wall superheat is given by:

X1 (Xg2-%1)

X2 Xaz

and to the right of the azeotrope by:

(%9-%x,,) (1-xq)

(1-x,,) (1-x az

az)
The ideal heat transfer coefficient is then determined from:

K
o - (2-26)
id AT:ld
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It is not always possible to apply the linear mixing law definitions of
ajq at high heat fluxes and at very high and very low reduced
pressures. The heat flux for DNB in mixtures is typically higher than
that in the pure components. Thus, it may not be possible to provide a
nucleate boiling heat transfer coefficient for low DNB pure components
at some mixture heat fluxes. An alternative definition for ay, is
to use a pure fluid boiling correlation with properties of the mixture.
By defining a;4 in this way, the non-linear variation of mixture
properties with composition is taken into account. However, since no
single component pool boiling correlation has been found to be
completely adequate, this alternative definition for a;; increases
the uncertainty in the estimation of a.

The earliest correlation for estimating nucleate boiling heat
transfer coefficients in mixtures was proposed by Palen and Small

(1964). For mixtures with wide boiling ranges they give the relation:
a = aidexP('0‘°27Apr) (2-27)

The Dboiling range Apr- po-pr is the difference of the dew
point and bubble point temperatures at the liquid composition. Palen
and Small recommended the McNelly (1953) correlation using average
properties to evaluation the ideal heat transfer coefficient.

Stephan and Korner (1969) developed a predictive method for binary
mixtures wusing the observation that the maximum wall superheat in
mixtures occurs at approximately the composition corresponding to the

maximum in |(y-x)|. The wall superheat was expressed as:

AT = q"/a = AT;4 + ATE (2-28)

A linear mixing law was used to determine the ajqt
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The excess superheat, valid for 1-10 bar, was given by:
aTE = A (0.88 + 0.12P)|(y-x) |AT{4 (2-30)

The empirical constant A, depends on the pair of pure components of
the mixture system. Stephan and Korner determined values of A  for 17
binary mixture systems.

Stephan and Preusser (1979) extended the binary mixture
correlation of Stephan and Korner for mixtures with n components.
Stephan and Preusser also assumed that the wall superheat is composed of
an ideal part and an excess part as given by Equation 2-28. The ideal
superheat for multicomponent mixtures is given by:

i=n
AT 4 = ). X4AT (2-31)
i=1
where Xy is the 1liquid mole fraction of component i and ATy
is the temperature difference required to transmit the same heat flux q"
by the pure component i. The excess part is,
g iml
AT™ = ?_1xin(yi-xi) (2-32)
The K;, are coefficients that were determined using the method of
least squares using experimental data from 32 binary and 50 termary
compositions at 1.01 bar in the heat flux range 50-200 kW/mz. The
values for K; ~were found for six binary and two ternary mixture
systems are shown in Table 2-1. However, these empirical coefficients
are not applicable to other mixture systems or even the same mixture
system at a different pressure. Thus, this approach does not appear to

be the best way to treat the problem.
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Iable 2-1
Coefficients Used in the Stephan-Preusser Correlation
Mixtures: K,, Binary Ternary
Acetone(l) -Methanol(2) -Water(3) K12 1.19 --
K., 0.81 0.58
K, 0.56 0.54
Methanol(l)-Ethanol(2) -Water(3) Rlz 1.39 --
13 0.56 0.31
K., 0.71 0.23

Stephan and Preusser (1979) also extended the Stephan and
Abdelsalam (1980) pure component nucleate boiling correlation to
multicomponent mixtures. The exponents of the Stephan and Abdelsalam
correlation were fitted to the heat transfer coefficients of pure
substances and an additional term was added to account for the effect of

mass transfer:

Nu = (ad/kl) - c (qnd/klars)o.674(pv/p1)o.155(A}\,d2/~2)0.371
(nz/ad)0.350(“cp/kl)‘o.lsz (2_33)

-0.0733
(1+} (yi-xi)(ayi/axi),yp)

where the bubble departure diameter d = ().0146-y[2a/g(p]_-pv)];i and C=0.100.
The contact angle vy was assumed to be 45° for water and 35° for
all organic compounds and mixtures. This correlation was reported to
predict experimental results to within *15% for 92% of the data.
However, the maximum decrease in °/°id in their data was only
10%. Thus, this correlation has been found to overestimate the
experimental results of other investigators.

A completely analytical expression for the wall superheat in
binary mixtures was derived by Calus and Leonidoplous (1974) based on

the Scriven and Van Stralen bubble growth models. The expression they
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derived is:

a = agqgll - (y-x)(dT/dx) (x/2) *(cp/ah,)] "1 (2-34)
or,
a = ay4Sn (2-35)
where Sn is defined by Eq. 2-15, and AT;4y is given by Eq. 2-18.
This model however, was not based on an energy balance nor a mass
balance and hence lacks a physical basis.

Thome (1981) developed an analytical expression for nucleate pool
boiling heat transfer coefficients in binary mixtures from a heated
surface. Thome accounted for the effects of mass diffusion, growth rate
and departure frequency and arrived at two different expressions for the
heat transfer coefficients. For inertia controlled bubble departure the
expression is:

(2-36)

and for surface tension controlled departure:

3/2( osiny )

a = a; Sn

(2-37)

Linear mixing laws are used to determine oy, and v4,.

Thome (1983) also derived an expression for nucleate boiling heat
transfer coefficients based on the local rise in saturation temperature
due to the preferential evaporation of the more volatile component.
Thome showed that the decrease in wall superheat due to the mass
transfer process is bounded by the boiling range Apr. Figure
2.14 shows the boiling range for a binary mixture. This correlation
requires only information from a phase equilibrium diagram and can be
used for multicomponent mixtures:

a ATid

_— - — (2-38)
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This model however, does not predict a variation of a with heat flux
as has been found to occur in experimental data.

Schlinder (1982) derived a semi-empirical equation for nucleate
boiling heat transfer coefficients in binary mixtures based on the film
theory of mass transfer. For binary non-azeotropic mixtures, this
equation is:

@ %id -Bog” "
—_ =d 1+ (Tgp-Tg1) (¥y-x) [1-exp( pBh 8 )] (2-39)
asd Q" 1

In this expression, Bo is a scaling factor which relates the

fraction of the total heat transfer that is latent heat. Schlinder
assumed Bo=1.0 and set the liquid mass transfer coefficient
B equal to a fixed value of 0.0002 m/s. An important assumption
used in the derivation of the Schlinder equation is that the slope of
the bubble point curve <can be approximated by (dT/dx) -
(Ts2'Tsl)/(1'0'o'o) - (Tsz’Tsl)' The ideal heat transfer
coefficient 1is obtained using the linear mixing law, Equation 2-23. The
Schlunder correlation has been tested by Uhlig and Thome (1985) and
Shakir et al. (1986) for aqueous mixtures, and by Bier et al. (1982) for
mixtures of SFg and refrigerants. Good agreement was found in
general, but at high and low compositions of the lighter component the
correlation was not satisfactory.

Schlunder (1986) also extended Equation 2-39 to account for
multicomponent mixtures. For a multicomponent mixture of n

components, this equation has the form:

j=m-~-1

a %1d *
— = {1+ (Ten Tsi) (y4-%) [1 - exp(-Boq"/pthy By 4p)]
aid q“

im]

(2-40)
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Figure 2.14 Boiling range in a binary mixture.
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A linear mixing law is again used to determine the ideal heat transfer
coefficient and B, is assigned a constant value of 0.0002 m/s.

Thome and Shakir (1987) have recently modified the Schlinder
correlation by using the boiling range to provide a better approximation
of the slope of the bubble point curve. The boiling range Apr,
as shown in Figure 2.14, 1is the difference between the dew point and
bubble point temperatures at constant mole fraction. The slope of the
bubble point curve was approximated as (dT/dx) = Apr/(xi-yi),
wvhere (x%;-y;) 1is the difference between the vapor/liquid equilibrium
compositions at the bubble interface. Thome and Shakir used this

approximation to arrive at the expression:

-1
: *1d —-Boq”
—- 1+ —2 AT, [1-exp( )] (2-41)
@34 { q" bp PENIL }

The Stephan- Abdelsalam correlation was used to calculate the ideal heat
transfer coefficient. Thome and Shakir reported good agreement between
their correlation and experimental data from four binary aqueous mixture
systems assuming Bp= 1.0, and g= 0.0003 m/s. Since the boiling
range 1is defined in the same manner for multicomponent mixtures, the
Thome-Shakir correlation applies to both binary and multicomponent
systems.

Sardesai, Palen and Thome (1986) have modified the Schlunder
equation for binary mixtures, Equation 2-40, to correlate multicomponent

hydrocarbon mixtures. They proposed the expression:

afagy = [1 + (ag4/a")8 0,1} (2-42)
where
i=n-1
e, - 1L [(Tsn'f_sii)xi(xi'l)]mc (2-43)
and

8y = 1 - exp(-B (Byq"/p18h 8))5:) (2-44)
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The values of  mc, By and B must be determined empirically.
Sardesai et al. reported good agreement between Eq. 2-42 and their
experimental data for hydrocarbon mixtures with up to five components.

The values of mc, By and B: however, were not reported.

2.3 Parametric Effects on Nucleate Boiling in Mixtures

Effect of Pressure The nucleate boiling heat transfer coefficients in
both pure components and mixtures increase as the pressure increases.
The increase in heat transfer coefficient is due to an increase in the

boiling site density, which results from a decrease in the wall

superheat required for activation with 1increasing pressure. The
degradation in a however, becomes more pronounced at higher
pressure. This has been shown experimentally by several investigators,

including Tolubinskiy et al. (1973) in ethanol-water mixtures,
Jungnickel et al. (1980) in refrigerant mixtures, and by Bier et al.
(1982) in SFg-CF3Br mixtures near the critical point.

As pressure increases, the local rise in the boiling point due to
the mass transfer process and non-linear property variation remains
nearly constant. The wall superheat for the mixture, and for each of
the pure components decrease with increasing pressure. The degradation
in the mixture boiling heat transfer coefficient becomes more profound
since as the pressure increases, the rise in local boiling point becomes
a larger proportion of the total wall superheat decreasing the effective

superheat available for bubble growth.
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Effect of Subcooling There have been only two reported investigations

on the effect of subcooling on nucleate boiling heat transfer
coefficients in mixtures. Sterman et al. (1966) investigated

benzene-diphenyl mixtures at 3.5 and 8.0 bar with subcoolings up to

80°c. Similar to the effect of subcooling on boiling in pure
components, the heat transfer coefficient in mixtures based on
(T,-T,) decreased as the subcooling increased. The degradation in

heat transfer coefficient due to mixture effects were found to be less
with subcooling than at saturation conditions. Hui and Thome (1985)
found similar reduction in heat transfer coefficients in pure mixtures
and pure components in their recent investigation of ethanol- water and

ethanol-benzene systems.

tructu Characterization of the heating surface
is of wvital importance in the determination of boiling heat transfer
coefficients. Because of the significant effect that the surface has on
thermal performance, many techniques for enhancing the heat transfer
involve modification of the surface structure. In general, a surface
can be classified as plain, structured, or porous. A plain surface is
one that has not been artificially roughened or specially modified.
Structured surfaces are those which employ a regular, patterned surface
such as finned or grooved surfaces. A porous surface is one in which
there are a large number of reentrant grooves. Reentrant grooves can be
formed by coating a surface with a porous material or using deeply
knurled fins. Webb (1981) has published a detailed review of enhanced
surface geometries for nucleate boiling.
Several investigations have considered the boiling of mixtures on
porous surfaces. Czikk et al.(1981), Ali and Thome (1984), Uhlig and
Thome (1985) and Shakir et al. (1986) presented results on boiling
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binary mixtures on a porous Union Carbide High Flux surface. The
nucleate boiling heat transfer coefficients in mixtures were found to be
significantly 1larger on the enhanced surface than for the same
composition on a conventional plain surface. Thome (1987) explains that
liquid phase convection within the porous matrix is the dominant
enhancement mechanism. The mixture effect is thus smaller for a porous
surface than for a plain surface with the same other conditions.

As discussed by Westwater (1973), finned surfaces are often
employed to augment heat transfer. Some low-fin tubes have been used in
reboilers. While there has been a great deal of research into single
component nucleate boiling on extended surfaces, there have not been any

reported studies of mixture boiling on finned surfaces.

Multicomponent Mixtures Many industrial processes involve the
boiling of several components. Multicomponent mixtures, defined as
mixtures with more than two components, tend to be encountered more
frequently than binary mixtures in practice. Despite this fact, nearly
all studies of mixture boiling have been performed with binary
mixtures. Only three studies have reported data for mixture systems
involving three or more components. Grigor’ev et al. (1968) performed
an experimental investigation wusing a 7.72 mm diameter stainless steel
tube for acetone-methanol-water and acetone-ethanol-water at 1.0 bar.
Their results indicated a minimum heat transfer coefficient for a
ternary composition, and three binary minima. The minimum for the
ternary composition was less than any of the three binary minima.

Stephan and Preusser (1979) measured the nucleate pool boiling heat
transfer coefficients in acetone-methanol-water and methanol-ethanol-
water mixtures. Their data did not indicate the presence of a ternary

minimum heat transfer coefficient as the Grigor’ev data had shown. The
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data by Stephan and Preusser suggests that the ternary mixture
experiences less degradation than the corresponding binary mixtures due
to a flattening of the bubble point curve upon the addition of a third
component. Stephan and Preusser also presented a predictive method for
multicomponent nucleate boiling heat transfer coefficients wusing
experimental measurements for binary mixtures.

Recently, Sardesai, Palen and Thome (1986) reported a study in
which they compared the Schlinder correlation to nucleate pool boiling
data of 18 hydrocarbon multicomponent mixtures. Mixture data included
2,3,4 and 5 component mixtures of n-pentane, n-heptane, p-xylene,
l-decene, and 1l-tetradecene. Their modified Schlinder correlation was
found to correlate the majority of the data to within 30%. An
empirical adjustment to the Schlinder equation was suggested to improve
the agreement between the correlation and the data. The data and the

empirical constants used in the study however, were not reported.

2.4 Summary of the Literature Survey

Several correlations for nucleate boiling heat transfer
coefficients in mixtures have been proposed and verified using binary
mixture data. In most cases, the correlations are general and
theoretically extendable to multicomponent mixtures. Yet, due to the
lack of an experimental database, it has not been possible to assess the
accuracy of these proposed correlations for multicomponent mixtures.
Therefore, there is vital need for experimental data for boiling in
mixtures with three or more components. Currently, there is limited
data for only two ternary mixture systems at 1.01 bar. Experimental

data 1is needed for several new multicomponent systems in order to make a
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more comprehensive evaluation of existing multicomponent mixture boiling
correlations.

The review of literature also shows that there are no published
data for mixture boiling on a finned tube. Since finned tubes are
commonly used to enhance the heat transfer in many multicomponent
processes, measurements of pool boiling heat transfer coefficients for
mixtures on a finned tube would be an important contribution to the

present body of knowledge.



CHAPTER 3

EXPERIMENTAL EQUIPMENT AND PROCEDURE

The pool boiling facility in the Multiphase Heat Transfer
Laboratory at Michigan State University was used to obtain the
measurements reported in this study. The facility has been used to
obtain nucleate boiling incipient superheats and nucleate boiling pool
boiling heat transfer coefficients in several previous investigations
including those by Shakir (1987) and Hui (1983). This section describes
the pool boiling facility and peripheral equipment, and the procedures
followed in obtaining the experimental values of nucleate boiling heat

transfer coefficients.

3.1 POOL BOILING FACILITY

The pool boiling facility consists of a pressure vessel and its
supporting structure, the peripheral equipment and the measuring
instruments. The pressure vessel, shown in Figure 3.1, is a stainless
steel cross with four 101.6 mm ID flanged openings. A recessed Teflon
O-ring in each flange sealed the openings between the pressure vessel
and each of the four stainless steel cover plates. Openings through the
cover plates provided entry into the pressure vessel for the test

section, condenser, thermocouples, electrical connections, and fluid

43
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inlet and outlet 1lines. Attachments to the pressure vessel were made
through and sealed by stainless steel Swagelok fittings. One of the
cover plates was designed so that a window could be mounted and used to
observe the boiling process. The pressure vessel was supported by a
structure fabricated from 50 mm pipe.

The vessel was filled with liquid through an inlet line in the
bottom plate. Approximately 4.2 £ were required to fill the vessel
to a level at least 80 mm above the top of the test section. A coiled
1350 W Chromalox immersion heater was used to heat the bulk liquid up to
test conditions. The bulk 1liquid temperature was measured by two
30-gage copper-constantan thermocouples. Each thermocouple had a
stainless steel sheath, and entered the pressure vessel through the
bottom plate. A water cooled condenser, made from several coils of
6.35 mm OD stainless steel tubing was mounted inside the top cover
plate. Tap water was used as coolant and could be chilled by routing
it through an ice bath before entering the condenser. The flow rate
through the condenser was controlled manually. Vapor leaving the vessel
through the degassing line in the top plate was condensed by passing it
through copper tubing submerged in a tank of room temperature water. A
pressure relief valve was mounted to the top plate in order to prevent
accidental over pressurization of the vessel above its maximum rating of

150 psig.

3.2 EQUIPMENT AND INSTRUMENTATION

Power to the test section was supplied by a Variac variable AC
power supply. The power delivered to the test section was determined by
measuring the current in the electrical circuit and the voltage drop

across the heating element in the test section. The current was
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Figure 3.1 Pool boiling facility pressure vessel. Legend:
l-boiling vessel, 2-test section, 3,4-bulk liquid
thermocouples, 5-immersion heater, 6-glass window,
7-1iquid feed line, 8-water cooled condenser,
9-degassing vent, 10-pressure relief valve,
1l1-pressure gage.
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Figure 3.2 Electrical circuit to supply power to test section.
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determined by measuring the voltage drop across a 1.0%1.0% mQ,
resistance element placed in the circuit. A Keithley 177 Microvolt
digital multimeter accurate to 1% of full scale was used to measure the
voltages. Figure 3.2 shows the electrical circuit used to supply and
measure power to the test sections.

The temperatures were measured with three Omega Trendicator model
400A digital indicators, accurate to within 0.1 K. The Omega
Trendicators were calibrated using a Northrup potentiometer as a known
voltage source. A convenient check of the calibration was to observe
the measured temperatures of a fluid at saturation in the vessel and
compare those measurements to the known saturation temperature.

Pressure was measured using a Heise digital pressure gage accurate
to within #0.1 psi (0.00689 bar). The digital pressure gage was
calibrated against the atmospheric pressure obtained from a mercury

barometer corrected for local conditions.

3.3 TEST SECTIONS
The experimental measurements reported in this study were obtained
using three different test sections. Two of the test sections were
plain tubes and the third was a finned tube. All experimental tests
were performed with the tubes supported horizontally inside the
pressure vessel.
Figures 3.3 and 3.4 present cross sectional diagrams of the two
plain tube test sections. The first test section, shown in Figure 3.3
was originally constructed and wused in the investigation by
Shakir (1987). This tube had a diameter of 22.2 mm and had a heated
length of 76.2 mm. The heating element was a Chromalox CIR 3030
electrical resistance heater. Copper-constantan thermocouples were

inserted axially in the wall of the copper tube. Four thermocouples
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were located at the center of the heated length, and two additional
thermocouples were positioned at the edge of the heater closest to the
stainless steel support holder. The surface of the tube was prepared by
rubbing it with 400 grade emery paper.

The second plain tube test section, shown in Figure 3.4, was
constructed and used in this investigation only. This tube had a
diameter of 19.05 mm and had a heated length of 50.8 mm. A RAMA 500 W
resistance heater was used for the heating element. Four
copper-constantan thermocouples were located at the center of the heated
length. Two other thermocouples were located at the end of the heated
length, and two additional thermocouples were placed 6.35 mm outside the
heated length. The tube surface was also finished using 400 grade emery
paper. Only 4 tests were performed with this tube due to a premature
failure of the heating element.

The third test section used in this study was a finned tube, shown
in Figure 3.5, with 19 fins/in (750 fins/m). The root diameter of this
tube was 16 mm and the outer diameter including the fins was 19.07 mm.
The heating element was a RAMA 500 W resistance heater. Three copper-
constantan thermocouples were located in the tube wall at the center of
the heated 1length, and an additional thermocouple was placed near the
edge of the heated length. The base surface and the fins were finished
using 400 grade emery paper to try to match the appearance of the plain
tubes as close as possible.

The test sections were cleansed before use by thoroughly rinsing
the surfaces with acetone. After the surfaces had been prepared, care
was taken to insure that the surfaces were not marred or scratched for

the duration of the investigation.
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3.4 EXPERIMENTAL PROCEDURE

Before recording measurements from a test section, the surface of
each tube was aged by boiling each tube at a high heat flux (175
kW/mz) several hours per day for at least five consecutive days. This
was done in order to completely prepare the surface.

Reagent grade liquids and double distilled water were used in the
preparation of all mixtures. The mixture compositions were prepared
using a balance accurate to *1.0 gm.

The pressure vessel was filled to a level at least 10 cm above the
top of the test section. An Edwards vacuum pump was used to initially
evacuate the vessel before filling it with a mixture. During the time
in which the vessel was being filled, water was circulated through the
condenser in order to condense vapor that might evaporate and to speed
the filling process. After reaching the desired f£fill 1level, the
immersion heater was turned on and both the liquid inlet line and the
degassing vent were closed. When the pressure in the vessel exceeded

1.01 bar, the degassing vent was momentarily opened in order to degas

the system. This was continued until saturation conditions for that
fluid were attained. Degassing was performed over a period of
approximately 1.5 hours. Once the system was at saturation, power was

applied to the test section, and increased until the heat flux was at
least 175 kW/mz. This heat flux was maintained, and the surface was
permitted to boil for a minimum of 45 minutes to remove trapped gases
from the nucleation sites. The power to the test section was then
slowly decreased to 2zero so that the surface deactivated and came to
equilibrium with the bulk 1liquid. Power was then re-applied and the
surface cycled through the boiling curve once again. The test section

was cycled and the temperatures of the test section and bulk fluid
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monitored until the same boiling curve was being repeated. During the
cycling of the test section, the vessel was carefully maintained at
constant pressure to avoid the effects pre- pressurization on boiling
site activation.

After the pre-test cycling was complete, the surface heat flux was
increased in small increments starting from zero, and the temperatures
of the thermocouples in the test section and of the bulk liquid were
recorded. The voltage and current to the test section heater were
recorded at each heat flux level in order to determine the applied
power. The heat flux was increased to the maximum level that could be
attained while maintaining the vessel at the test pressure.

The recorded measurements were then used to estimate the wall
surface temperature and superheat, the surface heat flux and the heat
transfer coefficient. Conductive losses through the holder were
accounted for in these estimations. Details of these calculations and

the computer program to perform them are found in Appendix A.

3.5 EXPERIMENTAL ERROR AND UNCERTAINTY

The measurement error associated with the wall superheat at low
heat flux (<50 kW/mz) was estimated to be +0.2 K. This value
assumes that each of two Omega Trendicators were in error by
0.1 K. The combined error in heat flux due to uncertainty in the
electrical current and voltage measurements 1is estimated to be *2%.
The error in the heat transfer coefficient due to these errors is
4y,

At high heat flux (2150 kW/mZ) for several mixtures, the
temperature measurements sometimes fluctuated *0.5 K about a mean

value. These fluctuations were probably due to condensation and reflux
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in the 1line leading to the pressure gage. At high heat flux, the wall
superheat exceeded 20 K. Therefore, eveﬁ if the temperature measurement
errors resulted in a 1.0 K superheat error, the error in the heat
transfer coefficient would still be no 1larger than +5%. Assuming
the error in heat flux measurements remained 2%, the maximum error
in heat transfer coefficient at high heat flux was estimated to be
+7.5%.

Reproducibility of experimental results is always an important
concern in boiling. To demonstrate reproducibility of the experimental
data, several tests for pure components and mixtures were repeated.
Figure 3.6 shows six boiling curves for pure water at 1.01 bar all
obtained on the same plain surface. At q"=50 kW2 the heat transfer
coefficients varied from 5.15 to 5.81 kW/m2 about an average value of
5.43 kW/mz. That is, all heat transfer coefficients at this heat flux

in water on a plain surface were repeatable to within 6.9% of the

average value. At q"=200 kW/mz, the variation in heat transfer
coefficients was from 11.68 to 13.82 kW/mz. The average value of
%exp at q"=200 .kW/m2 was 12.51 kW/mz-K. These values ranged

from 10.5% above to 6.6% below the average heat transfer coefficient at
this heat flux.

Figure 3.7 shows four boiling curves for pure acetone at 1.0l bar
all from the same plain surface. For these tests, the experimental data
ranged from 13.8% above to 9.8% below the average heat transfer
coefficient at q"=50 kW/m2 and from 15.3% above to 7.4% below the
average value at q"=150 kW/mz.

Repeatability of the tests for mixtures on a plain surface is shown
in Figure 3.8. Two boiling curves for 0.05 mole fraction acetone and

0.95 mole fraction water mixtures are shown to differ by 15.7% at
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q"=50 kW/nz, and then converge to become negligibly different at
higher heat flux.

Several boiling curves for pure ethanol on the finned tube at 1.01
bar are shown in Figure 3.9. At q"=100 kW/nz, the of the heat
transfer coefficients varied from 7.28 to 8.10 kW/mz-K. These values
range from 3.8% above to 6.6% below the average experimental value of
7.80 kW/m,. At q"=300 kW/m2 the experimental heat transfer

coefficients are within #2.7 K of the average value.
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Figure 3.9 Boiling curves for ethanol on a finned surface at 1.0l bar.

The fin outer diameter was used to determine the area on which
the heat flux was based.



CHAPTER 4

MIXTURE THERMODYNAMIC AND TRANSPORT PROPERTIES

Correlations and predictive methods for nucleate pool boiling heat
transfer coefficients depend on accurate estimates of pure component and
mixture physical properties. This section discusses the thermodynamic
and transport properties used in the calculation of multicomponent pool
boling heat transfer coefficients. These properties include: liquid and
vapor densities, differential heat of vaporization, 1liquid thermal
conductivity, 1liquid viscosity, and liquid specific heat. Vapor-liquid
phase equilibrium plays a vital role in multicomponent bubble growth and
is also discussed 1in this chapter. Techniques used to estimate binary
and multicomponent diffusion coefficients are described.

The methods wused to estimate mixture physical properties were
chosen based on their ability to reliably estimate the properties and on
the capability of those methods to be extended to multicomponent
mixtures. The methods chosen are applicable over the range temperatures
and pressures for which experimental data were obtained. A complete
listing of the physical properties used in this investigation are found

in Appendix B.

60
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4.1 VAPOR-LIQUID PHASE EQUILIBRIUM

The thermodynamics of mixtures defines the relationship between
pressure, temperature and composition when two or more phases are in a
state of equilibrium with each other. The Gibbs phase rule relates the
number of independent intensive properties F, in a mixture with
n components and p phases as:
F=n-p+2 (4-1)
Thus, the temperature at which two phases can coexist in a binary
mixture 1is uniquely determined by the pressure and the mole fraction of
one of the components in one of the phases. A phase equilibrium diagram
is used to show the relationship between temperature and the liquid
phase mole fraction in a binary mixture at a given pressure. Figure 4.1
is an example of a phase equilibrium diagram for an ideal binary
mixture. The saturation temperature is plotted on the vertical axis,
and the 1liquid and vapor mole fractions of the more volatile component
are plotted on the horizontal axis. The more volatile component is also
referred to as the light component. The dew point curve represents the
variation of equilibrium vapor mole fraction with saturation
temperature, and the bubble point curve shows the dependence of the
saturation temperature with liquid mole fraction.
An ideal mixture is one which conforms to Raoult’s Law:

y1 = %4(Pyp /P) (4-2)
Raoult’'s Law states that the equilibrium vapor mole fraction of any
component 1is directly propoirtional to the liquid mole fraction and the
ratio of the vapor pressure and the system pressure. Most mixture

systems however, are not ideal. Aqueous mixtures in particular, are

usually highly nonideal.



Figure 4.2 is the phase equilibrium diagram for a binary system
that exhibits an azeotrope. At the azeotrope, the vapor and liquid
equilibrium compositions are identical. Thus, a mixture with an
azeotropic composition behaves as if it were a pure component.
Mixtures systems which contain polar molecules are nonideal and the
equilibrium vapor compositon cannot be estimated using Raoult’s Law.
Since water and the alcohols are both polar, their mixtures are
nonideal, and other methods must be employed in order to determine the
vapor-liquid equilibrium (VLE) compositions. Reid et al. (1987) discuss
several methods that can be used to predict vapor-liquid equilibrium
states.

The methods for predicting VLE compositions are complex, and all
employ parameters that must be derived from experimental data. In order
to avoid the introduction of uncertainty by choosing a particular VLE
predictive method, only tabulated experimental VLE data were used in the
calculations to be described 1in this document. Experimental VLE data
for many mixture systems have been compiled by Behrens and
Eckermann (1984), Hirata et al. (1975), Wichterle et al. (1973), and
Chu (1950). It 1is important to point out, that experimental VLE data
for mixtures with three or more components are relatively scarce.
Tables 4-1 through 4-8 1list the VLE data used for the mixture systems
studied in this investigation. All of the VLE data reported in these
tables was obtained from Behrens and Eckermann, except for Table 4-2,
which was obtained from Chu. Binary phase equilibrium diagrams for
acetone-water, methanol-water, ethanol-water, and 2-propanol-water are

presented in Figures 4.3 through 4.6 respectively.



63

P= constant

<\

T T T

-
g

Temperature

] e e

!

Vapor Liquid Mole Fraction

Figure 4.1 Vapor-liquid phase equilibrium diagram for an ideal non-
azeotropic binary mixture.

+ T

P = constant

Temperature
—
8

'
'
|
'
|
)
]
|
]
]
'
'
|
|
'
'
|
|
'
)
|

’ e e e e e = --

)
]
)
1
]
'
[}
'
'
)
'
[}
1
~

x

%

Vapor Liquid Mole Fraction

Figure 4.2 Vapor-liquid phase equilibrium diagram for an azeotropic
binary mixture.



64

Table 4-1

Acetone(l)-Methanol(2)-Water(3)
Vapor-Liquid Equilibrium Data at 1.0l bar Pressure
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X1 X2 4 Y2 Tsat
0.1000  0.1000  0.6100  0.1300 70.0
0.1000  0.2000  0.5200  0.2400 70.0
0.1000  0.3000  0.4300  0.3550 69.4
0.1000  0.4000  0.3700  0.4500 68.8
0.1000  0.5000  0.3200  0.5400 68.0
0.1000  0.6000  0.2600  0.6300 66.5
0.1000  0.7000  0.2200  0.7100 65.0
0.1000  0.8000  0.1850  0.7800 63.5
0.2000  0.1000  0.7200  0.0700 65.0
0.2000  0.2000  0.6350  0.1800 65.5
0.2000  0.3000  0.5600  0.2800 65.5
0.2000  0.4000  0.5000  0.3700 64.5
0.2000  0.5000  0.4400  0.4700 63.5
0.2000  0.6000  0.3850  0.5500 62.5
0.2000  0.7000  0.3400  0.6250 61.0
0.3000  0.1000  0.7600  0.0650 62.8
0.3000  0.2000  0.7000  0.1500 62.7
0.3000  0.3000  0.6250  0.2550 62.3
0.3000  0.4000  0.5700  0.3450 61.5
0.3000  0.5000  0.5200  0.4150 60.5
0.3000  0.6000  0.4650  0.5000 59.5
0.4000  0.1000  0.7900  0.0600 61.5
0.4000  0.2000  0.7250  0.1550 60.8
0.4000  0.3000  0.6700  0.2420 60.0
0.4000  0.4000  0.6150  0.3220 59.4
0.4000  0.5000  0.5650  0.4020 58.4
0.5000  0.1000  0.8100  0.0650 60.0
0.5000  0.2000  0.7500  0.1600 59.4
0.5000  0.3000  0.7000  0.2320 58.6
0.5000  0.4000  0.6500  0.3170 57.6
0.6000  0.1000  0.8200  0.0800 59.1
0.6000  0.2000  0.7700  0.1630 58.3
0.6000  0.3000  0.7200  0.2450 57.3
0.7000  0.1000  0.8270  0.0950 58.2
0.7000  0.2000  0.7780  0.1840 57.2
0.8000  0.1000  0.8600  0.1000 57.2
0.0000  0.0000  0.0000  0.0000 100.0
0.0500  0.0000  0.6390  0.0000 77.0
0.1000  0.0000  0.7630  0.0000 69.1
0.2000  0.0000  0.8270  0.0000 64.3
0.3000  0.0000  0.8450  0.0000 62.4
0.4000  0.0000  0.8570  0.0000 61.2
0.5000  0.0000  0.8670  0.0000 60.2
0.6000  0.0000  0.8770  0.0000 59.3
0.7000  0.0000  0.8870  0.0000 58.4
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1

.8000
.9000
.9500
.0000
.0000
.0000
.0000
.0000
.0000
.0000
.0000
.0000
.0000
.0000
.0000
.0000
.0000
.0000
.0000
.0000
.0480
.1760
.2800
.4000
.6000
.6760
. 8000
.9500
.9820

Table 4.1, continued
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X2

.0000
.0000
.0000
.0000
.0200
.0400
.0600
.0800
.1000
.1500
.2000
.3000
.4000
.5000
.6000
.7000
. 8000
.9000
.9500
.0000
.9520
.8240
.7200
.6000
.4000
.3240
.2000
.0500
.0180
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y2

.0000
.0000
.0000
.0000
.1340
.2300
.3040
.3650
.4180
.5170
.5790
.6650
.7290
.7790
.8250
.8700
.9150
.9580
.9750
.0000
.8600
.6830
.5800
.4840
.3440
.2900
.2000
.0600
.0240
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Table 4-2
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Ethanol(1l)-Ethyl Acetate(2)-Water(3)

X1

.8990
.8510
.7500
.5860
.8420
.6270
.7040
.7420
.8290
.4570
.5330
.8530
.6460
.7270
.4690
.5900
.5360
.4960
.3850
.2930
.2310
.6600
.6030
.5430
.4230
.3180
.2370
.4980
.4620
.4240
.8980
.3280
.2590
.1900
.1360
.0960
.0810
.3900
.3900
.3450
.2730
.1940
.1580
.1160
.0890
.2970
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X1

.2820
.2540
.2220
.2080
.1600
.1830
.1730
.9690
.9500
.7790
.7000
.6630
.5460
.4950
.4330
.3830
.3100
.4020
.4990
.5800
.6670
.7170
.7900
.8540
.8900
.1890
.1490
.1000
.1900
.0650
.0620
.0780
.1910
.1170
.1840
.3480
.2860
.1560
.7930
.6900
.4270
.3810
.7820
.6630
.7520
.1340
.1490
.3540
.2440
.1860

Table 4-2, continued
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X2

.5040
.3830
.2640
.2090
.1250
.7620
.6820
.0060
.0170
.1360
.1230
.1640
.1200
.1540
.1850
.2270
.2920
.5420
.4510
.3720
.2920
.2310
.1650
.1050
.0680
.4310
.3190
.7030
.7270
.8770
.8500
.8990
.5960
.3430
.2280
.3230
.1700
.1020
.1360
.1210
.1750
.2110
.1540
.2900
.1000
.7650
.6490
.3690
.5210
.5480
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N

.2630
.2200
.2120
.2030
.2080
.2360
.1910
.9730
.9400
.7060
.6520
.5750
.5200
.4600
.4070
.3380
.2800
.3990
.4800
.5350
.6090
.6600
.7390
.7800
.8350
.1620
.1520
.1020
.2270
.1040
.0760
.1070
.1800
.1400
.2040
.2980
.2800
.2300
.7100
.6210
.3860
.3410
.6930
.5710
.7520
.1640
.1520
.3030
.2240
.1690
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y2

.5250
.4780
.4460
.4680
.4170
.6690
.5810
.0120
.0360
.2220
.2000
.2600
.1860
.2460
.2990
.3730
.4000
.5450
L4730
.4300
.3810
.3070
.2460
.1900
.1260
.5440
.5000
.6450
.6490
.7670
.7360
.8660
.6000
.5510
.4970
.4510
.4080
.3860
.2270
.2260
.3400
.3640
.2530
.3820
.1950
.6630
.6130
.4750
.5520
.5790
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Table 4-2, continued

No. X1 X2 41 Y2 Tsat
97 0.0000  0.0000  0.0000  0.0000 100.0
98 0.0210  0.0000  0.1990  0.0000 94.3
99 0.0330  0.0000  0.2720  0.0000 91.9
100 0.0500  0.0000  0.3530  0.0000 90.0
101 0.0850  0.0000  0.4110  0.0000 87.3
102 0.1050  0.0000  0.4580  0.0000 86.1
103 0.1250  0.0000  0.4880  0.0000 85.2
104 0.1350  0.0000  0.4840  0.0000 84.7
105 0.3150  0.0000  0.5710  0.0000 81.8
106 0.3210  0.0000  0.5720  0.0000 81.6
107 0.4030  0.0000  0.6220  0.0000 80.4
108 0.5560  0.0000  0.6750  0.0000 79.5
109 0.6020  0.0000  0.6950  0.0000 79.2
110 0.6430  0.0000  0.7130  0.0000 79.1
111 0.6890  0.0000  0.7410  0.0000 78.6
112 0.8050  0.0000  0.8140  0.0000 78.3
113 0.9260  0.0000  0.9170  0.0000 78.3
114 0.9870  0.0000  0.9850  0.0000 78.2
115 1.0000  0.0000  1.0000  0.0000 78.4
116 0.0000  0.0006  0.0000  0.0405 98.9
117 0.0000  0.0011  0.0000  0.1256 96.2
118 0.0000  0.0049  0.0000  0.5910 86.5
119 0.0000  0.0086  0.0000  0.6680 76.2
120 0.0000  0.0459  0.0000  0.7140 70.6
121 0.0000  0.1440  0.0000  0.7025 70.6
122 0.0000  0.2690  0.0000  0.7060 70.5
123 0.0000  0.3540  0.0000  0.7090 70.5
124 0.0000  0.5140  0.0000  0.7100 70.5
125 0.0000  0.6900  0.0000  0.7070 70.5
126 0.0000  0.7750  0.0000  0.6990 70.5
127 0.0000  0.8737  0.0000  0.7650 71.5
128 0.0000  0.9444  0.0000  0.8650 73.4
129 0.0000  1.0000  0.0000  1.0000 77.1
130 0.9500  0.0500  0.8980  0.1020 76.6
131 0.9000  0.1000  0.8130  0.1870 75.5
132 0.8000  0.2000  0.6950  0.3050 73.9
133 0.7000  0.3000  0.6110  0.3890 72.8
134 0.6000  0.4000  0.5430  0.4570 72.1
135 0.5000  0.5000  0.4840  0.5160 71.8
136 0.4600  0.5400  0.4600  0.5400 71.8
137 0.4000  0.6000  0.4240  0.5760 71.9
138 0.3000  0.7000  0.3560  0.6440 72.2
139 0.2000  0.8000  0.2740  0.7260 73.0
140 0.1000  0.9000  0.1630  0.8370 74.7
141 0.0500  0.9500  0.0860  0.9140 76.0



Table 4-3

Methanol(l)-Ethanol(2)-Water(3)
Vapor-Liquid Equilibrium Data at 1.01 bar Pressure

z
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el el el ol el e
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=
O o~

NNNN
WNH-O

X1

X2

Y1

y2 sat
0.7500 0.1410 0.8500 0.0960 68.1
0.7560 0.1420 0.8520 0.0960 68.1
0.3020 0.5900 0.4180 0.4900 74.2
0.5300 0.2300 0.6950 0.1800 71.7
0.2600 0.5200 0.3600 0.4700 75.0
0.0490 0.2480 0.1300 0.5120 81.2
0.3600 0.2930 0.5250 0.2900 74.5
0.2030 0.4750 0.3280 0.4700 76.3
0.2160 0.3100 0.3900 0.3650 77.2
0.4900 0.3600 0.6350 0.2900 71.9
0.1020 0.3680 0.1970 0.5100 79.0
0.2840 0.2960 0.4400 0.3550 75.8
0.0350 0.3500 0.0810 0.5540 80.5
0.0430 0.0620 0.1850 0.3100 83.0
0.0610 0.0330 0.2800 0.2200 87.5
0.1380 0.0410 0.4250 0.1500 83.0
0.2400 0.0600 0.5500 0.1600 79.0
0.0550 0.2550 0.1600 0.4850 81.0
0.0530 0.1450 0.1450 0.4300 82.7
0.0930 0.0980 0.3100 0.3000 82.7
0.1090 0.0810 0.3550 0.2500 82.7
0.0900 0.0800 0.3080 0.2850 83.5
0.0610 0.1420 0.1950 0.3950 82.5
0.1600 0.0370 0.5150 0.1050 82.2
0.1170 0.0980 0.3590 0.2730 81.0
0.0515 0.0670 0.2280 0.3160 82.8
0.1000 0.0960 0.3100 0.2950 82.5
0.1100 0.7200 0.1800 0.6800 76.5
0.1566 0.8306 0.2361 0.7537 75.8
0.2753 0.7143 0.3774 0.6136 73.9
0.3261 0.6595 0.4289 0.5601 72.9
0.3745 0.6116 0.0594 0.4833 71.8
0.3845 0.5983 0.5165 0.4734 72.1
0.4808 0.5028 0.6045 0.3862 71.1
0.4908 0.4895 0.6360 0.3487 70.9
0.5510 0.4276 0.6714 0.3173 70.1
0.5945 0.3847 0.6883 0.2981 69.8
0.6479 0.3303 0.7496 0.2389 68.9
0.6961 0.2817 0.7971 0.1899 68.1
0.7667 0.2113 0.8299 0.1578 67.7
0.7807 0.2020 0.8820 0.1096 66.8
0.7829 0.1996 0.8543 0.1369 67.1
0.0000 0.0000 0.0000 0.0000 100.0
0.0200 0.0000 0.1340 0.0000 96.4
0.0400 0.0000 0.2300 0.0000 93.5
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Table 4-3, continued
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X2

.0000
.0000
.0000
.0000
.0000
.0000
.0000
.0000
.0000
.0000
.0000
.0000
.0000
.0000
.0210
.0330
.0500
.0850
.1050
.1250
.1350
.3150
.3210
.4030
.5560
.6020
.6430
.6890
.8050
.9260
.9870
.0000
.8660
.7580
.6800
.5990
.5650
.4580
.3480
.2720
.2100
.1860
.1270
.0900
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Table 4-4

Acetone(l)-2-Propanol(2)-Water(3)

[=JeRofolofoNoNolofolofefoefofoNoNelofofooofe o ofoloNelooololooolofofoloNoeooNeNe]

[efolofooNoNoNoNoofoNolo oo NoRo o oo ololelofooooofoefoNololoNaofoNoloo oo oo o Ne)

1

.1400
.0970
.0150
.0150
.0150
.0190
.1020
.0530
.0150
.2120
.0300
L2240
.1380
.2180
.2180
.1350
.0900
.0880
.1220
.2140
.3490
.4100
.4520
.5770
.5510
.2860
.5250
.1760
.3770
.4600
.3280
.6320
.2840
.2700
.2730
.6380
.4000
.6420
.3380
.5890
.5300
.7280
.6000
.4920
.7310
.6800

[ejefofoNooNooNofojole oeoolofoNole)eeo)oNoooooXooeeeeeNe}oeoeo oo e o]

Y2

.1780
.4050

0000000000000 00000000000000000000000000000000
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Table 4-4, continued
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X2

.1820
.5320
.5500
.3360
.0570
.1100
.4920
.2820
.0520
.4840
.1970
.1750
.0640
.4210
.2740
.1750
.2120
.4150
.03%0
.4650
.3860
.3000
.1750
.0650
.2280
.3100
.1610
.0670
.2670
.2970
.0500
.1770
.2610
.1260
.0620
.2110
.1050
.1730
.0590
.1300
.0000
.0000
.0000
.0000
.0000
.0000
.0000
.0000
.0000
.0000
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Y2

.2190
.3560
.3660
.2560
.0370
.1270
.3330
.2200
.0460
.3080
.1640
.1170
.0590
.2590
.1890
.1140
.1540
.2290
.0510
.2500
.2120
.1750
.1250
.0600
.1430
.1730
.0950
.0430
.1530
.1690
.0260
.1030
.1440
.0700
.0310
.1030
.0400
.0930
.0360
.0520
.0000
.0000
.0000
.0000
.0000
.0000
.0000
.0000
.0000
.0000

O P WM P WHOOOO00000000000000000000000000000000000000
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Table 4-4, continued

No X1 X2 J1 Y2 Tsat
97 0.9000 0.0000 0.9270 0.0000 56.8
98 0.9500 0.0000 0.9620 0.0000 56.5
99 1.0000 0.0000 1.0000 0.0000 56.1
100 0.0000 0.0023 0.0000 0.1723 96.5
101 0.0000 0.0067 0.0000 0.2038 95.4
102 0.0000 0.0130 0.0000 0.3190 92.7
103 0.0000 0.0322 0.0000 0.4230 88.2
104 0.0000 0.0410 0.0000 0.4627 86.7
105 0.0000 0.0470 0.0000 0.4809 86.0
106 0.0000 0.0717 0.0000 0.5162 84.1
107 0.0000 0.111 0.0000 0.5186 83.2
108 0.0000 0.2065 0.0000 0.5388 82.4
109 0.0000 0.2435 0.0000 0.5404 82.1
110 0.0000 0.2862 0.0000 0.5569 81.9
111 0.0000 0.3431 0.0000 0.5721 81.6
112 0.0000 0.3435 0.0000 0.5580 81.3
113 0.0000 0.5046 0.0000 0.5870 80.9
114 0.0000 0.6251 0.0000 0.6421 80.5
115 0.0000 0.6831 0.0000 0.6831 80.2
116 0.0000 0.7294 0.0000 0.7164 80.4
117 0.0000 0.7845 0.0000 0.7632 80.5

0 0 0. 0 0

0 1 0. 1 3
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Vapor-Liquid Equilibrium Data at 1.0l bar Pressure
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Table 4-5
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Methanol(1l)-2-Propanol(2)-Water(3)

[eNeRoNojeloNoleNoloNolooNoN oo oo oNoNoNoollofo oo o oo oo oo oo oo oo oNo o oo

[eNoNo) JelojofoNoNoolelooNo o oelofoNoNooNoloNoNoNoN oo eNoloNolofo oo o ololooNeo)e)

1

.1920
.1740
.2270
.3530
.4110
.2290
.3240
.3980
.4360
.6160
.4320
.6280
.4880
.4950
.5330
.6220
.6660
.6410
.6820
.7590
.7760
.7800
.8010
.8460
.8570
.8920
.0000
.1340
.2300
.3040
.3650
.4180
.5170
.5790
.6650
.7290
.7790
.8250
.8700
.9150
.9580
.9750
.0000
.0000
.0000
.0000

[=JeloNoloNoNoloooofoooooofo oo oo o ool oNoNe o oNoNo o olofoNoooNeNeo o oo o)
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Table 4-5, continued
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X2

.0322
.0410
.0470
.0717
.1113
.2065
.2435
.2862
L3431
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Vapor-Liquid Equilibrium Data at 1.01 bar Pressure
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Table 4-6
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Acetone(l)-2-Butanone(2)-Water(3)

X

.7400
.6280
.6140
.5620
.5230
.4810
.4240
.4200
.4100
.4000
.3880
.3870
.3760
.2980
.2970
.2730
.2650
.2550
.2080
.1820
.1630
.1610
.1590
.1350
.1270
.1210
.1200
.1160
.1110
.0950
.0890
.0820
.0790
.0710
.0550
.0470
.0220
.0000
.0500
.1000
.2000
.3000
.4000
.5000
.6000
.7000
.8000

[e¥eoleleYeolofooNo Yol oo oNoo Yoo oo oo oloNoNeooooofeo oo oo oNooe o oo lee e N o)

.1200
.5030

.1390
.0930
.8990
.0390
.3690
.0800
.0000
.0000
.0000
.0000
.0000
.0000
.0000
.0000
.0000
.0000
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Y1

.8480
.7690
.7280
.6920
.7400
.6100
.5810
.5460
.6000
.6720
.6190
.5390
.7270

CO0O0O0O0O0O0O0O0O0O0O0O00O0O0O0O0O0O0O0O0O0O0O00O0O0O0O0O0O0OO0O0O0O0O0O0OO0OOO000O0O0O

¥2

.0520
.0880
.1630
.1540
.0830
.2370
. 2440
.2820
.1660
.1390
.1850
.2730
.0940
.1370
.3660
.2860
.3330
.1030
.3440
.3790
.1480
.4340
.3860
.2020
.3520
.4060
.6400
.5150
.3320
.5280
.4870
.4200
.3580
.7610
.2410
.5610
.4860
.0000
.0000
.0000
.0000
.0000
.0000
.0000
.0000
.0000
.0000
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X1

.9000
.9500
.0000
.0000
.0000
.0000
.0000
.0000
.0000
.0000
.0000
.0000

Table 4-6, continued

HOOOOOOOOOOO

X2

.0000
.0000
.0000
.0480
.6690
.7310
. 8000
. 8420
.8640
.8840
.9130
.0000

77

COO0OO0CO0OO0OO0O0OOrHOO

b4

.9270
.9620
.0000
.0000
.0000
.0000
.0000
.0000
.0000
.0000
.0000
.0000

y2

HOOOOOOOO0OOOO

.0000
.0000
.0000
.6440
.6580
.6760
.6970
.7240
.7480
.7690
.8080
.0000
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Table 4-7

Cyclohexane(1l) -Benzene(2)-2-Propanol(3)-2-Butanone(4)
Vapor-Liquid Equilibrium Data at 1.01 bar Pressure

[eNeNoNofoofeNoleoleoeNejelooofoNooNooloNeooofooeleNooNo oo oo o oo oo o e le o]

[eXelefojfoNoNoofoNeoNoNoNoNoloolofoN o oo oo o oo oloofoNooNoflofo oo oo o NoloNo oo o)

X3

.0060
.0140
.0380
.0900
.1480
.3160
.3520
.0050
.0170
.0050
.0070
.0550
.2580
.0270
.0420
.0710
.1340
.2810
.2970
.0470
.0260
.1180
.1500
.1840
.1990
.2370
.3020
.2900
.2480
.2280
.3850
.3840
.3670
.3570
.2130
.2320
.0100
.0900
.1640
.1670
.0010
.0200
.1700
.2520
.2670
.1250
.2480

[eNeNoNoNoNoNoRoloNolooNololloNofoNoNoeoloNoloNoNoNoNooNolooNololofoNoloNoN oo o oo oo o o)

Y1

.0280
.0410
.0530
.0710
.0660
.1510
.2350

.0360
.1040

.1380
.2670
.1460
.2300
.6030
.5210
.5060
.4910
.4580
.4200
.4110
L4470
.4790
.5890
.5310

[eXeNeoNoNoNoNoRhoNoNooNoNoNoloNooNoNoloNoNoloNoN oo ooNoNooNofoNoNoNoNoNooo oo oloNoNe o]
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X

.5080
.4670
.0040
.0140
.0380
.1650
.2740
.3820
.0280
.0560
.1540

COO0O0O0O0O0O00O0O0

X2

.0770
.2550
.0050
.0340
.0710
.1910
.2050
.1780
L4270
.4940
.2480

Table 4-7, continued
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Y2

.0770
.2110
.0340
.0770
.1310
.2190
.2010
.1610
.4790
.5040
.2740

OCO0OO0OO0O0OO0OO0O0O0O0OO0OO0
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Methanol(1l)-Ethanol(2)-Methyl Acetate(3)-Ethyl Acetate(4)
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Table 4-8

Vapor-Liquid Equilibrium Data at 1.01 bar Pressure

X1
0.2000
0.2000

0.2000
0.4000

X2

0.2000
0.2000
0.4000
0.2000

X3

0.2000
0.4000
0.2000
0.2000

1

0.2597
0.2409
0.2180
0.4094

Y2

0.1477
0.1307
0.2740
0.1171

y3

0.2795
0.4928
0.3178
0.3011

sat

65.30
62.20
67.00
66.80
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Figure 4.3 Acetone-water vapor-liquid equilibrium diagram at 1.0l bar.
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Figure 4.4 Methanol-water vapor-liquid equilibrium diagram at 1.0l bar.



100 T l' T [ T l L I T
ETHANOL—WATER
90 P = 1.01 bar B
(@)
o 80 — —
[}
o
5
o 70 — —~
—
60 — —
Figure 4.5
50 T ]’ T ﬁ -1 l . o l’ T
0.0 0.2 0.4 0.6 0.8 1.0

MOLE FRACTION, Ethanol
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83

4.2 BOILING RANGE

The boiling range Apr, is the difference between the dew
point and the bubble point temperatures at the liquid phase mixture
composition. Figure 4.3 1is the phase equilibrium diagram for binary
acetone - water mixtures. The boiling range for a mixture with a 0.20
mole fraction composition of acetone 1is shown in the figure to be
Apr = 32°K.

For a binary mixture system, the boiling range can be readily
estimated from a phase equilibrium diagram. This estimation can be
performed by generating continuous bubble and dew point curves from the
existing experimental VLE data. The boiling range at a specified liquid
composition is then 1identified as the difference in the dew point and
bubble point temperatures. For mixtures with three or more components
identification of Apr is more difficult since the 1limited number
of experimental VLE data points makes it unlikely that equilibrium vapor
composition of one 1liquid mixture 1is exactly the same as the liquid
composition of another data point. Thus, more complex methods must be
used to determine the boiling range in a multicomponent systems.

In the case of a ternary mixture, the boiling range can be
conceptualized as the difference between saturation temperatures defined
by bubble point and dew point surfaces. The saturation temperatures as
a function of composition for each surface can then be determined by
using an interpolation scheme using the available VLE data. The boiling
range for binary and ternary mixtures in this study were determined by
using the IMSL subroutine SURF to perform interpolation and smooth
surface fitting for the VLE data. A listing of the computer program

used to calculate Apr is contained in Appendix D.
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4.3 MIXTURE PROPERTIES

This section describes the methods used to determine mixture
physical properties. The physical properties of aqueous mixtures and
many hydrocarbon mixtures vary nonlinearly with composition. Thus, the
pure component properties and the mixture rules must be carefully
chosen. Reid et al. (1987) describe a wide variety of methods to
estimate the properties of pure components and their mixtures and
provide a critical review of their accuracy. The methods chosen to
estimate the physical properties in this study are those determined to
be the most accurate of methods available for nonideal multicomponent

liquid mixtures.

Correspondi States Method The physical properties for
a mixture are often estimated by determining the properties of the pure
components at the mixture temperature, and combining the pure component
properties wusing an appropriate mixing rule. The unknown properties of
one fluid can be determined from the known properties of another fluid
using the principle of corresponding states. A pure fluid is defined to
be in corresponding states with a reference fluid if the compressibility
Z and the reduced property (0€) of the fluids at the same reduced
temperature Tp and reduced pressure Pp are given by:
z =z (4-3)
(€¢) = (®§)F (4-4)

In these expressions, @ represents a physical property and ¢ 1is

and

a function of the critical parameters Tc, Pc, v., and M.

c
Equations 4-3 and 4-4 are only valid however, for fluids with
spherically symmetric molecules such as noble gases such that there is

negligible intermolecular attraction.



85

The more general case of non-spherical molecules is treated by
using the acentric factor w and an expansion of Equation 4-3. This
was first proposed by Pitzer et al. (1955) who suggested,

7 = 700 4z (4-5)
where Z‘° is the compressibility of a spherical reference fluid
and 2/ is a complicated deviation function. The original
proposal by Pitzer has been modified and extended by Lee and Kesler
(1975) and more recently by Teja and Rice (1981). The generalized
corresponding states principle proposed by Teja and Rice uses two

non-spherical reference fluids and represents the compressibility as:

w - w(rl)

w(rl) . w(rl)

7 = (1) [Z(IZ)_ Z(rl)] (4-6)

For a binary mixture, the reference fluids (rl) and (r2) are the two

pure components of interest. The method is extended to multicomponent

fluids by replacing the reference fluid properties T,, v,, Z,,
and w by pseudocritical values defined by:
TemVem = ? § XiX3TeijVei (4-7)
vcm - 12 § xinvcij (4-8)
Zem - g XiZcy (4-9)
The cross-parameters Tcij and Veij are given by:
- ]
Teiyveiy = Tei1¥eiiTejjveys? (4-11)

Veij = Mij(Veii | * veyy /8 (4-12)



where nij is a binary interaction coefficient which must be
obtained from experiment. No additional coefficients are necessary to
predict the properties of mixtures with three or more components.

A series of reference fluid interpolations are performed for a
fluid mixture with n components. Components 1 and 2 are used to

define a pseudo-component,

2 © 9
212 - Z2 + w[zl - 22] (4-13)
where,
2 2
1 1

If the mixture contains a third component, another expansion is
performed using the third component and the pseudo-component "12" as the

reference fluids. Then,

123 ° “2
z - Z, 4+ ——"(Z_ - Z] (4-15)
123 3 W, - w, 12 3
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